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h i g h l i g h t s
 The kinetics of a Cu-based oxygen carrier was determined using a TGA.
 A diffusion model was applied to remove mass transfer effects from rate parameters.
 Thermodynamics are separated from kinetics, usually difficult for the CLOU reaction.
 The rate parameters correctly described the behaviour in a fluidised bed.
 The rate parameters can be used to predict performance of large CLOU systems.
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a b s t r a c t
Here, an oxygen carrier consisting of 60 wt% CuO supported on a mixture of Al2O3 and CaO (23 wt% and
17 wt% respectively) was synthesised by wet-mixing powdered CuO, Al(OH)3 and Ca(OH)2, followed by
calcination at 1000 °C. Its suitability for chemical looping with oxygen uncoupling (CLOU) was investigated. After 25 repeated redox cycles in either a thermogravimetric analyser (TGA) or a laboratoryscale fluidised bed, (with 5 vol% H2 in N2 as the fuel, and air as the oxidant) no significant change in either
the oxygen uncoupling capacity or the overall oxygen availability of the carrier was found. In the TGA, it
was found that the rate of oxygen release from the material was controlled by intrinsic chemical kinetics
and external transfer of mass from the surface of the particles to the bulk gas. By modelling the various
resistances, values of the rate constant for the decomposition were obtained. The activation energy of the
reaction was found to be 59.7 kJ/mol (with a standard error of 5.6 kJ/mol) and the corresponding preexponential factor was 632 m3/mol/s. The local rate of conversion within a particle was assumed to occur
either (i) by homogeneous chemical reaction, or (ii) in uniform, non-porous grains, each reacting as a
kinetically-controlled shrinking core. Upon cross validation against a batch fluidised bed experiment,
the homogeneous reaction model was found to be more plausible. By accurately accounting for the various artefacts (e.g. mass transfer resistances) present in both TGA and fluidised bed experiments, it was
possible to extract a consistent set of kinetic parameters which reproduced the rates of oxygen release in
both experiments.
Ó 2015 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY license (http://
creativecommons.org/licenses/by/4.0/).

1. Introduction
Chemical-looping combustion is a promising alternative to conventional combustion with the inherent ability to produce a flue
gas composed of almost pure CO2, thereby reducing the cost for
carbon capture and minimising the loss in plant efficiency [1,2].
The technology typically utilises suitable solid materials as oxygen
carriers to transport oxygen for combustion between two interconnected fluidised bed reactors (the fuel reactor, where combustion
takes place, and the air reactor where the oxygen carriers are
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regenerated) and avoids the direct contact between fuel and air
[3–10]. Chemical-looping with oxygen uncoupling (CLOU), as a
special case of chemical-looping combustion, involves the use of
oxygen carriers capable of releasing gas-phase oxygen at high temperatures [11–15]. This is advantageous for applications involving
solid fuels since the gaseous oxygen is able to react with both the
volatile and involatile components of the fuel directly. This contrasts with conventional chemical looping where it is necessary
to first gasify the char to synthesis gas which is generally ratelimiting. Therefore, in the CLOU processes, char conversion is fast
and the fuel reactor can be made smaller for a given heat duty
[14]; and the carry-over of char into the air reactor is minimised.
The fate of the char and avoiding carry-over into the air reactor
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is critical for the future development of chemical looping combustion, since carbon combusted the air reactor is released into the
environment, decreasing the capture efficiency [16,17].
Oxygen carriers which can release gas phase oxygen include
oxides of copper, cobalt, manganese [11,18–20] and more complex
mixed oxides such as spinels [10,21–23] or perovskites [24–26].
Oxygen carriers based on copper oxide have a very high oxygen
carrying capacity, up to 10 wt%. Furthermore, the oxygen release
from CuO is only moderately endothermic and when combined
with the combustion of the fuel, results in an overall exothermic
reaction in the fuel reactor. The equilibrium partial pressure of
oxygen for reaction (1), Peq , increases from 0.0048 to 0.047 bar at
typical operating temperatures between 850 °C and 950 °C, respectively [27].

4CuO $ 2Cu2 O þ O2

ð1Þ

From an operational point of view, this moderate equilibrium partial pressure of oxygen is important: too low a Peq means the CLOU
effect is lost and with much higher P eq ; the loss of oxygen in the during the conveying of the freshly-oxidised carrier from the air reactor
to the fuel reactor would be significant, thereby diminishing the
effective oxygen carrying capacity of the carrier. Furthermore, if
Peq exceeded 0.21 bar, it would not be possible to re-oxidise the carrier with air at atmospheric pressure at all, a significant drawback.
Considering potential scale up, copper based materials, like
those considered here, have found favour owing not only to the
favourable properties of the copper oxides, but also because of cost,
and the relatively low toxicity of copper compounds compared to,
say, cobalt oxides. Many studies [3,28–31] have shown that
copper-based oxygen carriers can retain full oxygen carrying
capacity over many redox cycles as well as offer reasonable resistance towards attrition and agglomeration for operation in fluidised beds [23,32] and continuous operation with such carriers
has been demonstrated in small-scale fluidised bed systems [33].
The resistance to agglomeration and long term stability in the oxygen carrying capacity, both essential for scale up, requires the copper to be supported/mixed with other oxide materials [31,34,35].
In this work, copper oxides supported with alumina are considers,
since previous studies have shown that stable oxygen carrying
capacity can be achieved with similar materials [36].
The low oxygen partial pressures achievable using reaction (1)
do not pose a problem, since in CLOU combustion in a fluidised
bed the oxide is in intimate contact with the fuel and can be consumed locally as it is produced [31]. The kinetics of reaction (1) are
of crucial importance since as the fuel burns, the oxygen is
removed from the vicinity of the oxygen carrier causing release
of further oxygen, i.e. the rate of combustion of the fuel can be limited by the rate at which oxygen can be released from the oxygen
carrier, not the overall oxygen partial pressure it could produce.
Therefore, accurate knowledge of the kinetics of the oxygen carrier
used is a prerequisite for the proper design of CLOU reactors.
Despite the importance of understanding the kinetics of reaction
(1), investigations of the kinetics of the oxygen uncoupling have
been inconclusive so far, largely owing to the difficulties in making
measurements of what is essentially a very fast reaction, which is
often limited by chemical equilibrium and/or mass transfer. Arjmand et al. [31] used a bed of wood char to remove the gaseous
oxygen released by the carrier to keep the ambient partial pressure
of oxygen low and measured an apparent activation energy of
139.3 kJ/mol for the decomposition of CuO supported on MgAl2O4.
Sahir et al. [37] proposed that the apparent activation energy
should be separated into a thermodynamic driving force of approximately 260 kJ/mol, corresponding to the enthalpy of reaction, and
the true activation energy from the intrinsic kinetics. They
analysed the kinetic data obtained from combustion of Mexican
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petcoke with CuO supported on ZrO2 [11,12] and found the true
activation energy to be about 20 kJ/mol. Following a similar argument, Clayton and Whitty [29] concluded that the true activation
energy of the reduction of two different supported CuO particles
were significantly higher, at 58 kJ/mol and 67 kJ/mol respectively
and the activation energy of the oxidation of the same carriers in
reduced form were found to be 43 kJ/mol and 69 kJ/mol [38].
In this work, the oxygen carrier was prepared by simple mixing
and sintering of the component hydroxides to make the oxygen
carrier production method easier to scale than, e.g. coprecipitation from soluble nitrate salts or sol–gel techniques
[30,39]. The chosen method also minimises the interaction
between the support and the copper oxide, and minimises the
introduction of contaminants such as sodium which could affect
the behaviour of the resulting particles [40,41]. Since the kinetic
information for reaction (1) is critical for the design and effective
operation of CLOU processes, the current work aims to determine
the kinetics of the oxygen uncoupling via experiments and modelling. More generally, the difficulties in obtaining reliable kinetic
information and some of the subtleties in determining the kinetics
for reaction (1) are discussed.
2. Experimental
2.1. Materials
2.1.1. Preparation of the oxygen carrier
The oxygen carrier investigated in this work was produced by
mixing 17.60 g Al(OH)3 (Sigma–Aldrich, reagent grade) and
11.23 g Ca(OH)2 (Fisher Scientific, >98%) powders with 400 ml of
de-ionised water on a hot plate for 2 h, followed by the addition
of 30.00 g of CuO (Sigma–Aldrich, <10 lm, 98%) and stirring for a
further 20 h. The resulting mixture was dried at 80 °C for 48 h,
crushed and the resulting granular material calcined at 1000 °C
for 6 h. The cooled, calcined particles were sieved to 300–425 lm
for subsequent use.
2.1.2. Characterisation of the oxygen carrier
XRD analysis of the oxygen carriers was performed using an
Empyrean PANalytical diffractometer (Cu Ka, 40 kV, 40 mA) with
a scan range of 5–80° and a step size of 0.0167°. The BET surface
area, and BJH pore size distribution for pores <200 nm diameter,
were determined from nitrogen adsorption experiments at 77 K
using a TriStar 3000 (Micrometrics, Serial No. 1001) gas adsorption
analyser.
2.2. Stability of the oxygen carrier
The chemical stability of the oxygen carrier was investigated
using a thermogravimetric analyser (TGA) (Mettler-Toledo TGA/
DSC1). In a typical experiment to investigate oxygen uncoupling
and coupling (viz. the forward and reverse of reaction (1)),
30 mg of the oxygen carrier was placed in an alumina crucible
(70 ll capacity) across which was passed 55 ml/min of compressed
air from a gas cylinder (BOC), introduced 2 mm above the top of
the crucible and 9 mm away from its centre, in a background of
245 ml/min purge gas of compressed N2 (both measured at 293 K
and 1 atm total pressure). The temperature of the furnace of the
TGA was changed from 900 °C to 1050 °C and then back to
900 °C at a rate of 2 °C/min five times to examine the consistency
of oxygen uncoupling. In a typical experiment to examine both
uncoupling and reduction of the product Cu2O, 20 mg of the sample was examined at 900 °C. The reactive gas (55 ml/min each at
293 K, 1 atm) was changed successively from nitrogen (for oxygen
uncoupling) to 5 vol% hydrogen in nitrogen (for reduction of Cu2O
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to metallic copper) and finally to compressed air (for complete reoxidation to CuO) for 10 min each, by means of a solenoid valve
manifold (Burkert Type 6011) controlled by a separate programme
synchronised with the TGA. This cycle of gases was repeated
25 times. A background flow of nitrogen (130 ml/min at 293 K,
1 atm) was always present to purge the furnace.
2.3. The kinetics of the decomposition of CuO to Cu2O
To understand the kinetics of the oxygen carriers better, CLOU
experiments were conducted between 850 °C and 950 °C at
isothermal conditions in a TGA. In a typical experiment, between
6 and 10 mg of fully-oxidised sample was placed in a crucible.
The sample was first heated in air (with argon as the background,
at 140 ml/min, 293 K and 1 atm) to 900 °C. When the temperature
had stabilised, the air was switched off and the decomposition
reaction was allowed to proceed to completion with the TGA
purged with Ar. The sample was then re-oxidised in air and the
process was repeated five times to confirm that the behaviour of
the particles was similar over cycles. Subsequently the particles
were brought to 875 °C, 925 °C, 950 °C and 850 °C for a further
redox cycle at each temperature.
A model was constructed, as described in Section 3.3.1, to
extract the apparent activation energy of the reaction.
To confirm the validity of the kinetic parameters extracted in
Section 3.3, an electrically-heated batch fluidised bed with an
internal diameter of 17 mm, containing 8.0 g of silica sand
(300–355 lm) was used. In a typical experiment, the bed was fluidised by a constant stream of nitrogen between 0.6 and 2.2 l/min,
measured at 293 K and 1 atm. The temperature of the bed, measured by a type-K thermocouple immersed in the sand, was set
between 850 °C and 950 °C. The experiment involved dropping
approximately 10 mg of pre-cycled, fully oxidised oxygen carrier
into the fluidised bed from above. A universal exhaust gas oxygen
sensor (UEGO) with a response time of 20 ms was used to sample
the gas from the freeboard and measure its oxygen content. The
details regarding the UEGO sensor are described elsewhere [42,43].
3. Results

coupling by changing the temperature of the furnace from 900 °C
to 1050 °C and back at 2 °C/min for five repeated cycles.
Results are shown in Fig. 1. The decomposition of the oxygen
carrier began at 986 °C and the re-oxidation commenced at
970 °C, as noted by the first detectable rate of change in mass
of the sample, 0.2 lg/s. The observed profiles of rate of change
of mass vs. time during both release and uptake of oxygen were
identical for cycles 2–5. The virgin material on cycle 1 showed
some anomalous behaviour, not seen in subsequent cycles.
For cycles 2–5, the overall change in mass was found to be
1.864 mg, 1.862 mg, 1.861 mg and 1.862 mg, respectively, corresponding to a change of 6.3% of the total mass of the carrier,
slightly higher than the expected value of 6.0%, based on the stoichiometry of the starting material.
To gauge whether or not the rates shown in Fig. 1 are dominated by mass transfer effects in the TGA external to the heap of
particles, an estimate of the rate of external mass transfer was
made, as follows. The arrangement of the reacting particles in
the crucible of the TGA resembles that of a Stefan tube as illustrated in Fig. 2. Considering the case when the carrier is decomposing, the Stefan-Maxwell equation can be applied to the flux of the
binary mixture of nitrogen and oxygen in the crucible between the
external surface of the particles and the upper lip of the crucible, at
an average height L above the bed of particles. In this initial analysis, the mole fraction at the external surface of the particles, yr;s
was taken to be that at thermodynamic equilibrium and the mole
fraction at the lip constant and equal to that of the bulk gas mixture, yr;b , passing through the TGA. Transfer within the crucible is
taken to be purely by diffusion and advection, without any fluid
dynamic effects. Noting that the flux of nitrogen must be zero in
the crucible, it is readily shown that at steady state, the molar flux
of oxygen from the surface of the oxygen carrier to the top of the
crucible is

1  yr;b
cD
ln
Nr ¼
L
1  yr;s

yr;b ¼

3.2. Chemical stability of the oxygen carrier

ð2Þ

where the total molar concentration of gas, assumed constant, is c
and the binary molecular diffusivity for oxygen and nitrogen is D.
In Eq. (2), the bulk concentration of oxygen flowing across the top
of the crucible was estimated using

3.1. Characterisation of the oxygen carrier

0:209F r
F r þ 0:5F p

ð3Þ
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rate of mass change, µg/s

The oxygen carrier had a nominal composition of 60 wt% CuO,
23 wt% Al2O3 and 17 wt% CaO. XRD analysis of carriers both virgin
and particles cycled isothermally at 900 °C for 5 times (hereafter as
used particles) confirmed that the dominant phases present are
CuO and Ca12Al14O33, with only a trace amount of CaAl2O4. The virgin sample had a BET surface area of 0.949 m2/g and a BJH pore volume of 2.34 mm3/g for pore diameters 6200 nm, whereas the
corresponding values for the sample after isothermal cycling were
0.810 m2/g and 2.11 mm3/g. The bulk density of the virgin sample
was found to be 980 kg/m3 and that of the cycled sample 1100 kg/
m3. The estimated particle densities, assuming the particles formed
a close-packed bed with voidage of 0.36, were 1500 kg/m3 and
1700 kg/m3 respectively. Taking the density [44] of Ca12Al14O33
as 2680 kg/m3 and that of CuO [45] as 6480 kg/m3, the particle voidage ep was calculated to be 0.70 for the virgin particles and
0.66 for the cycled particles.

!

0.1
0.09

maximum rate
of mass transfer

10

0.08

re-oxidation

0.07

5

oxygen
release

0.06

0

0.05
0.04

-5

-10

-15
880

cycle 1

0.03
0.02

concentration
driving force
900

920

cycles 2-5

940

960

980

1000

1020

1040

0.01

Concentration driving force / bar

94

0
1060

Temperature, ° C

3.2.1. Temperature programmed reaction in an atmosphere of
constant composition
A mass of 29.5 mg of oxygen carrier was investigated in the TGA
using the protocol in Section 2.2 for oxygen uncoupling and

Fig. 1. Rate of mass change of 5 cycles of temperature programmed reaction (left
axis). The calculated maximum rate of external mass transfer (dashed line, left axis)
and the concentration driving force for cycle 5 (dotted line, right axis) are also
included for comparison.
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Fig. 2. Illustration of a TGA crucible containing oxygen carrier particles.

where Fr and Fp were the molar flowrates of the reactive and purge
gases, respectively. The factor of 0.5 was introduced to correct for
the fact that only about half the purge gas was mixed with the reactive gas as it blew across the crucible. This value was estimated by
assuming that the partial pressure of oxygen in the bulk gas was
equal to Peq at 978 °C, midway between the onset of decomposition
and re-oxidation. Given that the heating rate of the TGA was very
low, at 2 °C/min, it was reasonable to assume that the temperature
gradient between the sample particles and the furnace was negligible and did not affect the derivation of Eq. (2). The crucible used was
a cylinder with a depth of 4 mm and internal diameter 4.9 mm. The
value of L was taken as the average distance from the surface of
individual particles to the lip of the crucible, 3.5 mm. Binary diffusion coefficients were obtained using the Fuller-Schettler-Giddings
equation [46].
The maximum rate of mass transfer was calculated using Eq.
(2), taking the concentration of oxygen at the surface of the particles to be Peq. The resulting flux was multiplied by the area of the
crucible and the molar mass of oxygen to yield the theoretical
maximum rate of mass change, as shown in Fig. 1. It can be seen
that the maximum rate of external mass transfer was of the same
order of magnitude as the rate of reaction, suggesting that it has a
significant, but not overwhelming, influence on the rates of decomposition and oxidation observed experimentally.
Furthermore, assuming quasi-steady-state conditions, the diffusive flux should be equal to the rate of reaction divided by the cross
sectional area of the crucible. Values of yr,s and hence the corresponding partial pressure of oxygen at the surface of the particles,
were calculated using Eq. (2), with the measured molar flux as
input. The concentration driving force shown in Fig. 1 was then
derived as the difference between the partial pressure of oxygen
at the surface of the particles and the equilibrium partial pressure
of oxygen at given temperatures. During the reactions, the minimum driving force at the surface was about 0.012 bar.
3.2.2. Isothermal cycling experiment
To confirm that the oxygen carrier could retain activity over
repeated use, including reduction of the Cu2O at the end of the
thermal decomposition of CuO, 21.05 mg of the particles were
investigated at 900 °C in the TGA for 25 cycles using the protocol
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described in Section 2.2. The results are shown in Fig. 3 as observed
rate of change of mass during (a) decomposition in nitrogen, (b)
reduction with hydrogen and (c) re-oxidation in air.
From the curves in Fig. 3, it was found that the total amount of
oxygen available from the carrier, measured by the mass change in
the re-oxidation stage, remained consistently at 2.596 ± 0.002 mg,
corresponding to 12.4% of the total mass of the carrier. Furthermore, the profiles of rate of mass change in each stage were identical across cycles with the exception of the first cycle, which
showed a slower rate in the oxygen release stage. Using Eqs. (2)
and (3), the maximum rate of mass transfer was calculated for each
stage in the cycle and was found to be of the same order of magnitude as the maximum observed rate of reaction. Of course, the fact
that the rate of reaction in each case varied with conversion at
isothermal conditions suggests that the reactions were not entirely
controlled by external mass transfer. Thus, the reproducibility of
the reaction rate profile over cycles can be attributed to the structural stability of the particles.
From Fig. 3, it is also worth noting that the re-oxidation appears
to occur via a two-step process, evident from the plateau-like feature of the apparent rate at t  1255 s. This feature coincides with
the point of 50% conversion for the 5th and 25th cycles, shown in
Fig. 3(c) by the dotted vertical line. When the experiment was
repeated with a lower bulk oxygen concentration, the feature
became more pronounced, due to a smaller concentration driving
force for the oxidation of Cu2O.
3.3. The kinetics of the decomposition of CuO to Cu2O
To characterise the oxygen carrier particles further, isothermal
experiments were conducted in the TGA between 850 °C and
950 °C following the protocol outlined in Section 2.3. The particles
were cycled isothermally at 900 °C five times in order to eliminate
the abnormal behaviour on the first cycle, observed in Section 3.2.
3.3.1. Coupling particle kinetics with external mass transfer
It was established in Section 3.2 that external mass transfer was
significant in the TGA. Therefore, when extracting kinetic parameters, the effect of mass transfer has to be taken into account. In the
following, the decomposition of CuO in Reaction (1) is considered.
To start with, consider the case where the diameter of the particles is sufficiently small that there is no intraparticle resistance to
mass transfer and so, within the particle, the reaction is controlled
by intrinsic chemical kinetics. For a monodispersed batch of particles in a single layer at the base of the crucible, the molar flux of
oxygen, Nr, at some height in the crucible is equal to the rate of
reaction of the particles per unit cross-sectional area of crucible, A:

Nr ¼

n qm pr30
0
ki ðC eq  C s Þf ðXÞ  ki ðC eq  C s Þf ðXÞ
A 3

ð4aÞ

where n is the number of particles in the crucible, qm the molar
density of CuO in the particle and r0 the radius of a single oxygen
carrier particle. This equation allows for the stoichiometry of Reaction (1). The rate of conversion of n particles in terms of oxygen


nqm 4pr30
ð1  XÞ , and the rate of conversion per unit
released is  14 dtd
3
volume of the particles is given by

dX
¼ ki ðC eq  C s Þf ðXÞ
dt

ð4bÞ

where ki is the intrinsic rate constant, Ceq the equilibrium concentration of oxygen at the reaction temperature, Cs the concentration
of gas phase oxygen at the surface of the particles and f(X) the functional form of the dependence of intrinsic reaction rate on conversion, X.
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Fig. 3. Rate of change of mass of sample for selected cycles. (a) Oxygen release in N2 (0–600 s); (b) reduction in 5% H2 (600–1200 s); (c) re-oxidation in air (1200–1800 s).
Dashed lines: maximum rate of external mass transfer, calculated as in Section 3.2.1. The dotted vertical line in graph (c) indicates the time when 50% conversion has been
reached for the 5th and 25th cycles. The initial 12 s of data for each section (large mass fluctuations due to gas switching) have been omitted for clarity.

Referring back to the development of Eq. (2), the mass transfer
coefficient can be approximated as kg  D/L when yr,b and yr,s are
small. Since the equilibrium partial pressure of oxygen for the system at 950 °C is about 0.05 bar, the error associated with the
approximation would be no more than 3%. Thus, at quasisteady-state, Eq. (2) becomes:

ð5Þ

Here, Cb is the concentration of oxygen in the bulk gas, i.e. at the lip
of the crucible.
It has been suggested that the oxidation of Cu2O to CuO can be
modelled with a homogeneous reaction model at temperatures
above 800 °C [38], i.e. f(X) = 1  X, assuming reduction follows the
same model, Eq. (4a) becomes

Nr ¼

n qm pr 30
0
ki ðC eq  C s Þð1  XÞ ¼ ki ðC eq  C s Þð1  XÞ
A 3

ð6Þ

Assuming the process is at quasi-steady-state, Cs can be eliminated
from Eqs. (5) and (6) to give

Cs ¼

0
ki ð1

0
ki ð1

 XÞ
ðC eq  C b Þ þ C b
 XÞ þ kg

ð7Þ

so that

Nr ¼

0
ki ð1  XÞkg
0
ki ð1  XÞ þ kg

ðC eq  C b Þ

ð8Þ

or

1
1
1=Nr ¼ 0
:
þ
ki ðC eq  C b Þð1  XÞ kg ðC eq  C b Þ

0

rate of mass change, µg/s

Nr  kg ðC s  C b Þ:

3.3.2. Effect of particle size on rate of reaction
Eq. (6) was postulated assuming that the reaction occurs uniformly throughout the particle. Whilst this is likely to be true for
small particles, as the particle size increases, the effect of internal
mass transfer will become important and a shrinking core, or diffuse reaction zone model would then be more appropriate. To
investigate the effect of particle size on the rate of reaction, two
samples of about 10 mg each were reduced at 900 °C under identical conditions in the TGA. The first sample contained particles with
sizes between 300 and 425 lm, whereas the second sample contained particles with sizes between 100 and 160 lm. Results are
shown in Fig. 4. It can be seen that the profile of rate against conversion was very similar for the two samples, and the time taken
for complete conversion was comparable. The fact that the reaction

-0.5
-1

-2
-2.5
-3
-3.5

ð9Þ

Thus a plot of 1/Nr against 1/(1  X) should allow the extraction of
ki0 (Ceq  Cb) and kg(Ceq  Cb) independently, with the ratio of the
intercept to the gradient of the plot yielding ki0 /kg.
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Fig. 4. Rate of oxygen release of two samples with comparable mass but different
particle sizes in argon at 900 °C. An alumina crucible with depth 4 mm and
diameter 4.9 mm was used. 300–425 lm sample: 10.4 mg, time for completion:
280 s; 100–160 lm sample: 9.8 mg, time for completion: 270 s.

W. Hu et al. / Applied Energy 161 (2016) 92–100

97

is not influenced by particle size suggests that with a particle size
up to 425 lm, the effect of internal mass transfer is not significant.
Had both batches been in the regime of significant intraparticle
mass transfer, there would have been a difference in rate, because
the effectiveness factors would have been different for the two
sizes. Finally, evidence from determining the activation energy,
discussed in Section 3.3.4 below, is strongly in favour of the particles operating without substantial intraparticle mass transfer.

particle transfer resistance. Had they possessed a substantial effectiveness factor, the derived value of 59.7 kJ/mol would have been
one half the true value and substantially outside the range quoted
by Clayton et al. [29].
The values of ki0 /kg were found to range from 5.0 and 7.4, confirming that external mass transfer is important in the TGA, but
not so large as to render it impossible to measure the intrinsic rate
parameters.

3.3.3. Effect of particle–particle interaction
To minimise the influence of neighbouring particles, care was
taken to ensure that a monolayer of oxygen carrier particles was
used for experiments. To confirm that the presence of other oxygen
carrier particles did not influence the reaction of a single particle
significantly, two samples (300–425 lm) of similar mass (6.5 mg
vs. 6.3 mg) were decomposed in argon at 900 °C under identical
conditions in the TGA except that the second sample was mixed
with quartz sand particles of the same size fraction to increase
the inter-particle spacing. The time for complete reaction and the
rate profile were found to be identical allowing for experimental
errors and it was concluded that neighbouring particles do not
have a significant effect on the reaction of a single particle.

3.3.5. Comparison between model and experimental results
3.3.5.1. Change in sample mass and external mass transfer. To investigate the validity of the model further, it was used to compare theory with experiment for two cases. In the first, a different crucible
was used in the TGA (depth 4 mm and diameter 4.9 mm) so that
the external mass transfer coefficient kg was altered; in the second
case, a larger mass of sample (9.84 mg) was used in addition to the
change in crucible. Both experiments were carried out at 900 °C
with pre-cycled materials, in the size range 300–425 lm and
results are shown in Fig. 6. It can be seen that the model is able
to predict both cases well. It is worth noting that the experiment
with a larger mass showed a more severe external mass transfer
limitation up to about 80% conversion and a sharper change in rate
towards the end of reaction and this is captured by the model.

3.3.4. Determination of the apparent rate constants
From Eq. (9), it can be seen that although ki0 (Ceq  Cb) and
kg(Ceq  Cb) can be obtained from a plot of 1/Nr against 1/(1  X)
independently, a small value of kg could still dominate the reaction
and mask the kinetics of the particle until a very high conversion is
reached. This would result in a decrease in the number of useful
data points that could be obtained from a particular experiment
and, in extreme cases, introduce large errors in the value of ki0 .
Therefore, the shallowest crucible available, with a height of
2.1 mm and diameter 5.5 mm (the typical alumina crucible used
had a depth of 4 mm and diameter 4.9 mm) was used to extract
kinetic information, in order to minimise the effect of external
mass transfer.
A modified Arrhenius plot of the results obtained from 850 °C to
950 °C, following the procedure outlined earlier, is presented in
Fig. 5. In constructing Fig. 5, the dependence of kg on temperature
was accounted for by the inclusion of the correction factor
ðT=1123Þ1:75 . From Fig. 5, the apparent activation energy was found
to be 59.7 kJ/mol with a standard error of 5.6 kJ/mol. The corresponding pre-exponential factor for ki is 632 m3/mol/s. The fact
that the activation energy is in very good agreement with the
results from Clayton et al. [29] further supports the assertion made
in Section 3.3.2 that the particles did not have significant intra2.2

ln((ki'/kg)(T/1123)1.75)

2.1
2

Whilst the experimental results from Section 3.3 fitted well
with a homogeneous reaction model, it should be noted that an
equally good fit could be obtained with a shrinking grain model
– that is, assuming the particles contained fine grains of CuO dispersed evenly throughout the particle with each grain following
a shrinking-core reaction model. In this case, Eq. (4b) becomes

dX
¼ ki;s ðC eq  C s Þð1  XÞ2=3 :
dt

1.8
1.7
1.6
0.098

0.1

0.102

0.104

0.106

0.108

1000/RT
Fig. 5. Modified Arrhenius plot for data obtained at 850 °C, 875 °C, 900 °C, 925 °C
and 950 °C, values of ki0 and kg are extracted using data between 20% and 90%
conversion at each temperature. Particle size 300–425 lm, sample mass 6.13 mg.
The activation energy was found to be 59.7 ± 5.6 kJ/mol, with a coefficient of
determination of 0.974.

ð10Þ

where ki,s is a surface-based rate constant, proportional to ki, with a
corresponding activation energy of 79.2 ± 2.8 kJ/mol and a preexponential factor of 1350 m3/mol/s. It is difficult to distinguish
between the two models in the TGA because of the significant contribution from external mass transfer. To circumvent this, some
batch experiments were carried out in a fluidised bed, where the
rate of external mass transfer was faster. The experimental arrangement was described in Section 2.3 and Fig. 7 displays a typical batch
experiment conducted at 904 °C.
In order to utilise and compare the kinetic parameters, a model
of the fluidised bed was required. Here, the fluidised bed was modelled as having a bubble phase in plug flow with a well mixed particulate phase. The cross flow between the particulate phase and
bubble phase was estimated using a correlation proposed by Sit
and Grace [47],

U mf
kgt ¼
þ
3

1.9

1.5
0.096

4. Discussion

sﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
4Demf ub
pdb

ð11Þ

where kgt is the interphase mass transfer coefficient, Umf is the
incipient fluidisation velocity estimated using the correlation by
Wen and Yu [48], D is the diffusivity of gas, and emf is the voidage
in the particulate phase, measured as 0.42 at room temperature
and assumed to be independent of temperature. The bubble velocity, ub, is related to the bubble diameter db via [49]

qﬃﬃﬃﬃﬃﬃﬃﬃ
ub ¼ 0:711 gdb þ U 0  U mf

ð12Þ

where g is the gravitational acceleration and U0 is the superficial gas
velocity through the bed. The bubble diameter db can be found by
using [50]

98

W. Hu et al. / Applied Energy 161 (2016) 92–100

rate of mass change, µg/s

rate of mass change, µg/s

0
-0.5

data

-1
-1.5

model

-2
-2.5
-3
-3.5

0

0.2

0.4

0.6

0.8

1

0
-0.5
-1

data

-1.5

model

-2
-2.5
-3
-3.5

0

0.2

conversion

0.4

0.6

0.8

1

conversion

oxygen mole fraction at the outlet of the
fluidised bed

Fig. 6. Model predictions for experiments in a taller crucible, hence lowered external mass transfer coefficient. Left: particle size 300–425 lm, sample mass 6.44 mg; Right:
particle size 300–425 lm, sample mass 9.84 mg, reaction temperature 900 °C.
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with H being the vertical distance from the distributor.
In terms of transfer processes, the mass transfer coefficient was
calculated from the Sherwood number, which was in turn estimated using the modified Frössling’s equation [51], viz.

Sh ¼ 2emf þ 0:69


1=2  1=3
2r0 U mf
m
:
emf m
D

ð14Þ

Here, emf is the bed voidage at incipient fludisation, measured to be
0.42, m is the kinematic viscosity of the fluidising gas. Within one
spherical particle, the change in the concentration of oxygen, C at
a distance r from the centre of the particle is governed by



@C
1 @
@C
q dX
þ m
¼ 2
r 2 Deff
:
@t r @r
@r
4 dt

ð15Þ

The energy equation, ignoring contribution from the gas phase, is



@T
1 @
@T
q dX
þ m
¼ 2
r 2 ks
ðDHÞ
@t r @r
@r
4 dt

ð17dÞ
ð17eÞ

@T
ðt; 0Þ ¼ 0
ð17fÞ
@r

@T 
Nu  kN2
ðTjr¼r0  T em Þ þ 5:67  108 ðTj4r¼r0  T 4em Þ
ks  ¼
@r r0
2r0
ð17gÞ

db ¼ 0:38H0:8 ðU 0  U mf Þ0:42  exp½1:4  104

ð16Þ

where cp is the volumetric heat capacity of the solid, T is the thermodynamic temperature at position r, ks is the thermal conductivity
in the solid and DH the heat of reaction per mole of oxygen in the
decomposition reaction (1).
The boundary conditions used were

Xð0; rÞ ¼ 0


@C 
Sh  D
¼
ðCjr¼r0  C em Þ
@r r0
2r 0

Tð0; rÞ ¼ 293

0.05%

Fig. 7. Results from batch experiment in a fluidised bed: sample mass 10.0 mg;
fluidising gas flowrate 2.2 l/min (at 293 K and 1 atm); bed temperature 904 °C,
compared with model results using the homogeneous reaction model (solid line)
and the shrinking grain model (dashed line).

cp

ð17bÞ

homogeneous reacon model

Time, s

ep

Cð0; rÞ ¼ 0

ð17aÞ

where Cem is the concentration of oxygen in the particulate phase,
Tem is the temperature of the particulate phase and kN2 is the thermal conductivity of nitrogen. The Nusselt number, Nu, was assumed
to be 2 as a rough estimate since the uncertainties in the thermal
conductivity of the solid and the black assumption of the bed overshadowed the uncertainty in Nu. However, it was found that with
the estimated heat transfer parameters, the particles would heat
up uniformly across its diameter, to the reaction temperature in
0.4 s, and the temperature profile remained largely constant during the reaction. Thus the heat transfer is considered unimportant
in this case. The modelling results confirmed that the reaction profile was largely uniform within the particles, consistent with the
findings from Section 3.3.2. It is worth noting that Eq. (14) is applicable when the active particle is much larger than the bed material
[51]. In this case, the oxygen carriers and the silica sand are comparable in size. Thus the actual Sherwood number is expected to be
higher than the calculated value of 1.11. If the Sherwood number
were taken to be 2 or higher, the homogeneous reaction model
would be in excellent agreement with the experimental data.
Solving Eqs. (11–16) together with (4b) using different reaction
models (i.e. different f(X) and corresponding rate constants)
yielded the results shown in Fig. 7. When comparing the two sets
of results, it is clear that the homogeneous reaction model was able
to reproduce the experimental results closely whereas the shrinking grain model underestimated the rate of reaction significantly.
5. Conclusion
Here, a 60 wt% copper-based oxygen carrier supported on inert
calcium aluminate was prepared and characterised. The particles
were active over repeated redox cycles at high temperatures with
no apparent loss in activity. The kinetics of the decomposition of
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CuO in the carrier were investigated in a TGA and a fluidised bed. It
was found that:
(a) The rate of decomposition of particles in the sieve size range
300–425 lm was controlled by intrinsic chemical kinetics
and external transfer of mass from the surface of the particles to the bulk gas in the TGA.
(b) The rate of reaction was unaffected by the number of times
the particles had been subject to cycles of oxidation and
reduction.
(c) By appropriate modelling of the various resistances, values
of the rate constant for the decomposition were obtained
as a function of temperature. The activation energy of the
reaction was found to be 59.7 kJ/mol (with a standard error
of 5.6 kJ/mol) and the corresponding pre-exponential factor
was 632 m3/mol/s.
(d) The local rate of conversion within a particle was assumed to
occur either (i) by homogeneous reaction, or (ii) in uniform,
non-porous grains, each reacting as a kinetically-controlled
shrinking core. On the basis of experiment and theory, it
was found that the homogeneous reaction model was more
plausible.
A set of kinetics parameters could be determined which predicted the observed rates in both the fluidised bed and TGA
experiment.
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