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CO2 mineralisation is a process that can convert CO2 into solid carbonates for permanent storage. Our multiphase flow
process uses alkaline brine solution to capture gaseous CO2 and form carbonate particles in a continuous tubular reactor. In
this research, monoethanolamine (MEA) solution is utilised to synergistically boost CO2 solubility in the brine while
neutralising the acidification caused by brine chloride ions left in solution following precipitation of alkaline earth metals. In
this study, relatively low concentrations of MEA, ranging from 0.036 to 0.33 M, were investigated over a temperature range
from 303 K to 323 K; these are significantly milder conditions than those used in traditional CO2 capture processes with MEA,
which contributes to low energy demand of the process. Short residence time, in the order of few minutes, is made possible
by the high gas-liquid surface area for mass transfer, and the rapid kinetics of aqueous phase carbonation reactions. Nickel
nanoparticles (NiNPs) were tested as a catalytic additive to further accelerate the rate limiting step (CO2 dissolution), by
accelerating the CO2 hydration reaction. Experimental results were used to develop and calibrate a one-dimensional timedependent plug-flow model that incorporates transport and chemical speciation equations. The model is thus capable of
predicting aqueous species and solid carbonate concentration, fluid pressure and gas slug size as a function of reactor length.
These in turn yield carbonation conversion, total pressure drop, and provide mechanistic insight into the reactor processes
that can be used for scale-up. The experimental and modelled results showed a good agreement for a wide range of
conditions tested: effects of temperature, brine composition, MEA concentration, and gas-liquid flow ratio. Under optimum
conditions, it was found that the reactor could achieve full conversion of calcium from the brine and CO2 from the gas phase,
thus proving to be an efficient process with high atom economy.

1. Introduction
The atmospheric CO2 level at Mauna Loa has risen sharply from
385ppm to 415ppm over the last ten years,1 driven primarily by
fossil fuel combustion emissions. The European Commission has
recently set a target to reach net zero CO2 emissions by 2050,
to control global surface temperature rise to within 1.5°C. 2 To
meet this goal, energy efficiency of existing combustion-driven
processes should be significantly improved, where feasible,
renewable and clean energy should replace conventional fuels,
and new large-scale and energy-efficient technologies to
capture and sequester CO2, from emission point-sources and
the atmosphere, should be developed and deployed.3
Carbon capture, storage and utilisation (CCSU) technologies
are being developed to mitigate the greenhouse effect.4, 5
Utilisation refers to converting CO2 into high-value products
that could replace carbon-intensive products, such that a net
reduction in CO2 emissions would be achieved.6 At the high- end
of the value scale these include petrochemicals and
hydrocarbon fuels,7 while at the high-end of the permanency
scale these include solid carbonates.8 Based on the Gibbs free
energy diagram, transforming CO2 to fuels demands extra
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energy, however, carbonates have a lower energy state than
CO2, which means that carbonation reactions are spontaneous,
and the main reactivity constraints are often dissolution kinetics
(in the case of carbonation of solid minerals) or mass transfer
(in the case of gas-liquid reaction systems). In addition, the cost
of carbon capture process can be partly offset with the
carbonate products; for example, precipitated calcium
carbonate is used in various industrial products and applications
that include paints, paper, coatings, plastics, building materials,
among others 9, 10
Alkaline brines, including desalination brine, can be
regarded as a potentially attractive source of calcium and
magnesium for mineralisation: relatively high alkaline earth
metal concentrations coupled with large volumes of brine
available worldwide make for large potential for CO2
mineralisation,11 but more importantly, these elements are
present in dissolved form, thus ready to react with CO 2. This
contrasts with abundantly available alkaline silicate minerals, as
brine mineralisation can be more cost-effective by avoiding the
slow extraction of metal ions from solid phases and the energydemanding comminution of minerals. Moreover, traditional
reaction systems for CO2 mineralisation have been
implemented with batch and semi-batch reactors, 12, 13 which
are not ideal for scale-up. To take these advantages and
overcome these challenges, we have developed a rapid brine
carbonation process using a continuous plug-flow tubular
reactor.
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In our previous work, we studied the carbonation of brine in
a tubular reactor, using sodium hydroxide and ironmaking slag
to buffer the carbonation-induced acidification that occurs due
to the accumulation of free chloride as the alkaline earth metals
precipitate.14 In the present study, alkanolamine has been used
in place of the alkali materials, as these amines, have been
shown to be effective in CO2 capture applications,15 and can
potentially be regenerated from the spent brine, thus reducing
the cost associated with unrecoverable NaOH. Alkanolamines
can be classified into four types: primary monoethanolamine
(MEA),
secondary
diethanolamine
(DEA),
tertiary
methyldiethanolamine (MDEA) and sterically hindered amine 2amino-2-methyl-1-propanol (AMP).16 Traditional amine-based
processes can be separated into two parts: CO 2 absorption with
amine solution in an absorber, and stripping the CO 2-rich amine
solution with heat to produce a nearly pure CO2 stream and the
regenerated lean amine solution. The high cost of this process
is attributed to the energy demand for stripping, the thermal
degradation of the amines, and corrosion of the equipment. 17
Several researchers have performed experiments with
solubilised alkaline earth metals and amines to form solid
carbonates. Vučak et al.18 used CaO dissolved in HNO3 solution
combined with MEA to conduct the carbonation process, and
found that the temperature influences the precipitation
induction period. Different amines have been found to affect
the morphology of calcium carbonates particles, 19 and vaterite
has been found to form in MEA solution, while calcite was
produced in triethylamine solution. Konopacka-Łyskawa et al. 19
also observed that the CO2 absorption rate of ammonia or MEA
solutions was higher than that of triethylamine and
triethanolamine due to the rapid formation of carbamate in the
former. Carbonation performed with AMP has shown that
calcium salts source, such as calcium acetate, calcium
propionate and calcium chloride, can produce various CaCO 3
polymorphs and particle morphologies; 20 different carbonation
yields were also reported, wherein calcium acetate reached the
highest conversion. Two consecutive studies 13, 21 carried out
the experiments on CO2 mineralisation with amine solutions,
and reported that carbamate is reacted with calcium ions to
form carbonates under a range of different types and
concentrations of amines. Kang et al. 22-24 used wastewater and
brines, both of which were rich in calcium, to obtain carbonate
precipitates using 5-30 wt.% MEA and DEA solutions. The results
showed that higher amine concentration resulted in higher CO 2
absorption, however, 5 wt% solutions showed higher amine
loading (molCO2/mol amine) than that in 30 wt% solutions.
These researchers have illustrated the feasibility of
carbonation reaction involving calcium salt solutions, gas-phase
CO2 and a variety of amines; however, these novel experiments
were all conducted using conventional batch reactors or using
cumbersome two-step processes that would not be applicable
to brines: first obtain a CO2-rich amine solution, and then mix
with the salts.22 In our tubular reactor process presented here,
we have eliminated high temperatures and pressure, any form
of mechanically agitation, and complex multi-step processes.
The tubular reactor is also favoured for industrial application
due to its ease of scaling-up (simple construction and scalable

2 | J. Name., 2012, 00, 1-3

Reaction Chemistry & Engineering
as a function of reactor tube length and diameter) and its better
control of product quality (simple control of residence time, and
narrow residence time distribution). Other advantages of the
helical coiled tubular reactor that we used are its compactness
(i.e. footprint area) and more efficient heat transfer (due to high
reactor surface-to-fluid volume ratio). The process is inherently
designed to employ at large-scale.
Nickel nanoparticles (NiNPs) are introduced in this research
due to its acceleration on the mineralisation process,14, 25-28
which translates into further energy savings and smaller reactor
footprint, so consequently greater net CO2 sequestration. In our
previous research,14 NiNPs increased the calcium conversion
efficiency by up to 10% under certain conditions. NiNPs are
applied in the present study to investigate their effect on CO 2
mineralisation within an amine-containing brine solution. NiNPs
accelerate the hydration of CO2, thus potentially accelerating
mineralisation, while amines increase the solubility of CO 2 in
aqueous solution, thus accelerating mass transfer from the gas
phase. Hence, it is desired in the present study to investigate if
NiNPs and an amine can synergistically work to further
accelerate brine carbonation in a tubular reactor.
A
time-dependent
one-dimensional
three-phase
(gas/liquid/solid) analytical model is developed in the present
study to determine CO2 gas-to-liquid transfer rate, aqueous
solution chemical speciation, fluid pressure, and carbonation
efficiency within the tubular reactor, as a function of reactor
length and residence time, under different process conditions.
This model simultaneously solves interfacial CO2 mass transfer,
multi-species chemical equilibria, and two-phase frictional
pressure drop calculations, and determines solid carbonate
concentration and gas slug size as a function of reactor length.
The gas slug size and calcium conversion determined
experimentally at the reactor outlet are used to calibrate the
overall mass transfer coefficient in the model. Several studies
have recently reported multiphase equilibrium models based
on batch reactors,29-31 however in terms of CO2 mineralisation
in tubular reactors, to our best knowledge, no research has
been studied before. Modelling results are used to
mechanistically explain the experimental results under various
MEA concentration and gas flow rates and serves for sizing the
tubular reactor, thus potentially being useful for scale-up of
tubular CO2 mineralisation processes.

2. Experimental results and discussion
2.1 MEA concentration, flow rate and L/G ratio effects
The evaluation of optimal MEA concentration and gas flow rate
with the continuous tubular reactor was carried out. The
experiments were conducted with MEA concentration ranging
from 0 vol.% to 5 vol.%, with CO2 flow rate from 40 to 120
ml·min-1, calcium concentration in brine of 0.020 M, and at a
set reactor temperature of 50°C. The CCE increases in the
presence of MEA (in Fig. 1a) up to a certain point, after which it
decreases. Lower L/G ratio, achieved by increasing the gas
flowrate at constant liquid flowrate, causes greater CO2
dissolution, which is beneficial for higher CCE at a large range of
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MEA concentrations (Fig. 1a). However, higher MEA
concentrations cause lower CCE at all three L/G ratios.
This is a different result compared to our previous research
carried with NaOH solution, where the CCE increase has
continued at high alkali concentrations.14 We observe that more
CO2 is dissolved into the MEA solution at higher MEA
concentrations observing from the frequency and size of the
bubble, even though CCE values are lower, which means the
solution contains more CO2. The reason why the CCE is reduced
is because of solvation effect,32 whereby the calcium ions
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1 vol.% to 2 vol.% (Fig. 1b). Moreover, the reactor can be
optimized for two scenarios: consuming the greatest fraction of
the gas volume introduced, or consuming the most amount of
CO2 in the least time. The former is achieved at the lowest CO2
flowrate for which high CCE is obtained, namely at 40 ml·min -1
using 0.3 vol.% to 0.5 vol.% MEA, reaching CCE of 96% (Fig. 1b).
The latter is achieved at the highest CO2 flowrate for which high
CCE is obtained, namely at 120 ml·min -1 using 1.5 vol.% MEA,
reaching CCE of 98% (Fig. 1b). Given the small CCE difference
between these two scenarios, the lower gas flowrate scenario

Fig. 1 (a) The effect of MEA concentration and liquid-to-gas flowrate ratio on the calcium conversion efficiency (CCE), from MEA concentration perspective; (b)
The effect of MEA concentration and CO2 flow rate on CCE, from gas flow rate perspective; (c) The effect of MEA concentration and temperature on CCE, at a
fixed L/G ratio of 40/120; (d) The effect of gas flow rate and NiNPs on CCE, using 3 vol.% MEA, 50 °C, and liquid flow rate of 40 mL·min-1.

cannot combine with the ionised CO2 (which in this system
include carbamate and carbonic acid) due to excess of MEA
molecules present, thus restricting the crystallisation reaction.
The model presented in Section 3 aids in understanding the
CO2(aq) speciation in this system and the conversion limiting
factors.
In this research, we found that the solvation effect
happened when the MEA concentration higher than 1 vol.%, so
this can be avoided by utilising MEA concentration below 1
vol.%. However, since the goal of the process is to sequester
CO2, it is desirable to utilise the MEA concentration that gives
the highest CCE, and this occurred at MEA concentrations from
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is seen as optimal, since it achieves a simultaneous high rate of
CO2 and calcium utilisation, thus being the most atom efficiency
process condition for this reactor. However, the highest gas
flowrate scenario minimizes the required reactor volume per
unit of sequestered CO2.
2.2 Temperature effects
The temperature played an important role on the calcium
conversion efficiency. Typical flue gas temperature ranges from
35 to 50°C, 33 therefore two temperatures were investigated in
this study. The experiments were conducted at 30 and 50°C,
using a fixed L/G flowrate ratio of 40/120, calcium
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concentration in brine of 0.020 M, and a range of MEA
concentrations (1 vol.% to 5 vol.%). A higher gas-to-liquid ratio
than the optimal determined in Section 2.1 was selected since
it showed in the previous test (Fig. 1a) to achieve high CCE under
a wider range of MEA concentrations. Hence the aim here is to
find out if lower reactor temperature lowers and/or narrows
the maximum CCE achievable. Fig. 1c shows that the lower
reactor temperature both reduces the maximum CEE
achievable and prevents the high CEE range from extending
beyond 1 vol.% MEA, with a drastic decrease already at 2 vol.%.
This result contrasts with our previous study using NaOH, 14
where there was no large effect of temperature on the CCE,
though the CCE was slightly higher at higher temperature. The
solubility of CO2 in aqueous solution is known to be favoured at
lower temperatures, but conversely the precipitation of
carbonates is more favourable (i.e. faster) at higher
temperatures.18 The higher reaction temperature can enhance
the precipitation reaction due to lower values for the activation
energies.34
The present results suggest that in MEA solution, the
carbonation reaction effect is predominant, so higher
temperatures are needed to achieve high conversion during the
short residence time in the reactor. At a combined 160 ml·min 1 total fluid flow rate, and given a total tubular volume of 137.4
ml, based on 7m length, the residence time is a mere 51.5
seconds, thus rapid reaction aids in achieving high atom
efficiency and units of CO2 sequestered per unit of reactor
volume. Another important factor that is temperature
dependent, and very important in a plug flow configuration with
short residence time, is the mass transfer rate of CO2 from the
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shown in Fig. 2. SEM images show that spherical vaterite
crystals are predominantly present in the product prepared at
30°C (Fig. 2b, left), while needle-like aragonite crystals are more
visible in the higher temperature specimen (Fig. 2b, right);
rhombohedral calcite crystals are found in both samples.35 The
quantitative XRD analysis, performed by Rietveld refinement of
the diffractograms (Fig. 2a), confirms the interpretation of the
SEM images. At both temperatures, the predominant phase is
vaterite, but the purity is markedly improved at lower
temperature. A purer product is likely to offset the process cost,
so operation of the reactor at lower temperature using the
optimum MEA concentration for that condition (1 vol.%) could
be seen as being the more feasible scenario.
2.3 Nickel nanoparticles effects
Mineralisation rate can be limited by the kinetics of the CO 2
hydration reactions. In order to speed up the formation of
carbonated precipitates, nickel nanoparticles known as
catalysts for hydration reaction 25, 26were implemented in the
tubular reactor process. The effect of nickel nanoparticles is
investigated at temperature of 50°C, 3 vol.% MEA, calcium
concentration in brine of 0.020 M, with addition of 30 mg·L -1 of
NiNPs.26 This value was selected in an attempt to magnify the
effect of NiNPs, by selecting a condition outside, but not too far,
from the optimal range seen in Fig. 1a. Liquid flow rate was kept
constant at 40 mL·min-1, and gas flow rate was varied. At the gas
flow rate of 80 mL·min-1, CCE increased from 59% to 68% (Fig.
1d), but there was no change at the higher and lower gas flow
rates tested. At the lowest gas flow rate, the conversion without
NiNPs suffers from excessive solvation effect of elevated MEA

Fig. 2 (a) XRD patterns of carbonated products obtained at different temperatures (QXRD data of carbonated products obtained at different temperatures was listed on the right
top corner); (b) SEM images of products obtained at 30°C (left) and 50°C (right) (scale bar 30 μm).

gas phase to the liquid phase, which will be investigated in the
model in Section 3.
As the carbonation products can be commercialised in
specific industry, to add value to this process and hence off-set
the costs of sequestering CO2, it is also important, in addition to
maximising the CCE and atom efficiency and minimizing reactor
volume, to assess the purity and morphology of the products. In
particular, temperature is well reported 34 to influence the
morphology and the particle size of CaCO 3 crystals. The
morphologies of precipitates obtained at both tested
temperatures as characterized by SEM and XRD analyses are
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concentration, as earlier discussed, hence the NiNP is unable to
further assist in the reaction. Conversely, at the highest gas flow
rate tested, the conversion is already high without NiNP, and
the residence time is short, hence the hydration reaction is not
rate limiting, and NiNP again offers no advantage. Where NiNP
presented an advantage, the catalyst managed to enhance
gaseous hydration, via nickel core binding with hydroxyl to
produce HCO3-. 25, 26. NiNPs may also act as a nucleation seed
for carbonate precipitation, enhancing reaction rate at
conditions where other process effects are not rate limiting.
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2.4 Effect of residence time
The residence time is a critical parameter to influence the
calcium conversion efficiency. This study investigates the effect
of residence time of CO2 at 50°C, calcium concentration in brine
of 0.020 M, and 3 vol.% MEA concentration, using a constant
liquid-to-gas flowrate ratio of 0.5, ranging from 20/40 for the
longest residence time to 80/160 for the shortest residence
time. The results in Table 1-1 show that longer residence time
of CO2 leads to the greater CCE, which is beneficial for
maximising CO2 uptake from the gas phase. Of course, the
greater residence time, also increases the reactor size and
footprint, for a given unit of CO2 sequestration. Hence, the MEA
optimisation of Section 2.1, coupled with residence time
optimisation, is needed to find the conditions that
synergistically results in high conversion efficiency, high CO 2
uptake, and compact reactor size.
2.5 Effect of ions concentration
Different concentrations of calcium (as CaCl 2) are also applied
in MEA solution, ranging from 0.010 M to 0.040 M, to
investigate the influence of initial calcium concentration on
precipitation rate. This investigation is useful given that
different brine sources will have different calcium
concentrations. Experiments are conducted with 3 vol.% MEA,
L/G flowrate ratio of 40/80, and at 50°C. The results of CCE and
reacted calcium amounts are shown in Table 1-2. CCE declined
with higher initial calcium concentration, while the reacted
calcium amount actually increased, meaning that more CO2 was
actually sequestered with higher calcium concentration. This

shows that excess amount of CO2 transfers from the gas phase
to the liquid phase, and that by providing more calcium ions,
more carbonates form. The conversion likely drops due to
insufficient residence time to carbonate the extra amount of
calcium, as was investigated in Section 2.4, but here caused by
changes in solution chemistry rather than flowrate. It thus
becomes evident that brine concentration affects the reactor
size (length) needed to achieve a desired conversion efficiency
and/or CO2 uptake, depending on how the process is optimised.
There are multiple ions in real brine solution besides CaCl 2;
the major species are typically MgCl2 and NaCl. Therefore, the
effects of MgCl2 and NaCl on conversion efficiency were also
investigated in this study. The concentrations used of these two
species were selected based on the brine composition from
Kuwait Desalination Plant: 0.80 M NaCl and 0.10 M MgCl2, with
CaCl2 maintained at 0.020 M as in previous experiments. The
experiments were carried out using 2 vol.% MEA at 50°C, and
L/G flowrate ratio of 40/120. The results in Table 1-3 show that
the influence of MgCl2 on CCE is stronger than that of NaCl. In
the presence of MgCl2, magnesium ions competed for
carbonate/bicarbonate ions from solution, resulting in lowering
the CCE. Moreover, with greater amount of chloride in solution,
the pH buffering effect of MEA is partly compromised, which
also limits the possible CCE before the pH becomes too low for
the precipitation of carbonates. The CCE was only slightly
declined in the presence of NaCl. Precipitation rate is not
expected to be affected by the NaCl addition,36 but solubility of
CaCO3 slight increases with higher ionic strength,37 hence likely
preventing as high CCE as in the case with lower ionic strength.

Table 1-1 The effect of residence time on CCE.

L/G ratio (mL·min-1/ mL·min-1)
Residence time (min)
CCE (%)

20/40
2.3
92.4%

40/80
1.15
59.2%

80/160
0.58
35.9%

Table 1-2 Effect of calcium concentration on CCE and reacted calcium.

Ca2+

(mol·L-1)

concentration
CCE (%)
Reacted calcium (mg·L-1)

0.01
85.6%
342.4

0.02
59%
472.0

0.04
38.9%
713.6

Table 1-3 CO2 mineralisation experiments with other ions, compared to control.

Source
CCE%

0.02 mol·L-1 CaCl2
96.9%

This journal is © The Royal Society of Chemistry 2019

0.02 mol·L-1 CaCl2 + 0.1 mol·L-1 MgCl2
72.8%

0.02 mol/L CaCl2 + 0.8 mol·L-1 NaCl
93%
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3. Modelling approach and results
The model is developed and used to comprehensively
understand the interfacial mass transfer and the aqueous phase
chemical speciation in a tubular reactor for the carbonation of
brine using MEA additive. The objective is to divide the plug flow
reactor into discrete, inter-connected, reaction volumes,
wherein thermodynamic modelling can be used to determine
the concentration of all relevant species in the aqueous
solution.
Given that the flow pattern of the tubular reactor is a Taylor
slug flow, each discrete reaction volume is sized to contain one
whole liquid plug whose surface is in contact with one whole
gas bubble. Mass transfer of CO2 across the gas-liquid interface
is modelled as a function of time, and given that the plug and
bubble travel down the reactor, as a function of reactor length.
The assumption here is that that mass transfer area is equal to
the surface area of the gas bubble (modelled as a cylinder), and
that the mass transfer driving force (partial pressure difference)
is uniform over the whole bubble surface. The model is also
designed to predict how bubble volume, and thus bubble length
and two-phase flow rate, change over time as more and more
CO2 dissolves in the liquid, and also tracks fluid pressure over
the length of the reactor. Another assumption made in the
model is that all aqueous and solid (carbonate) species reach
equilibrium within the residence time that each fluid element

spends in each reactor volume, which also assumes that each
fluid element is well-mixed. The chemical equilibrium
assumption is made in view that it is understood that mass
transfer from the gas phase is much slower than reaction
kinetics, and thus is a rate limiting step.
The primary calibration parameter of the model is the
interfacial overall mass transfer coefficient. The calibration
procedure consists of adjusting the overall mass transfer
coefficient to match certain modelled parameters with
experimentally measured values: bubble size at the reactor
outlet, outlet pH (defined as –log(ɣ1[H+])), outlet dissolved
calcium concentration, and outlet pressure. These three
parameters pertain to mass transfer modelling (the bubble
size), chemical thermodynamic modelling (the pH) and the fluid
mechanics modelling (the pressure drop). The hypothesis of the
modelling approach is that the suitability of the model
assumptions can be verified by assessing how well these three
independent parameters, that are calculated by several sets of
non-linear equations, can be fitted to experimental data.
The conceptual process of the tubular reactor model is
schematized in Fig. 3. The overall aim of the model is to optimise
the overall mass transfer coefficient such that the modelled
data matches experimentally measured values. The modelling
starts by firstly inputting initial pressure (i.e. the fluid pressure
at the tubing inlet, where the liquid and gas streams first meet),
reactor temperature, and an initial estimate of the overall mass

Fig. 3 Schematic diagram of tubular reactor model.
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transfer coefficient; these inputs are shown in Fig. 3 as green
boxes. Secondly, the modelling equations (presented in
subsequent sections) carry out calculations using the input
parameters to calculate all the parameters shown in
transparent boxes in Fig. 3. Eventually, the length of gas bubble,
and the aqueous phase speciation (including the pH value and
the Ca2+ concentration) are obtained from the model, and are
shown in Fig. 3 as orange boxes. In the presence of CO 2
absorption, aqueous phase chemical reactions, and solids
precipitation, the following 13 chemical species are assumed to
be present in the liquid phase: H+, HCO3-, CO32-, RNH2, RNH3+,
RNHCOO-, CaCO3(s), OH-, Cl-, CaOH+, CaHCO3+, CO2(aq), Ca2+. The
model is run on Excel using Visual Basic and MATLAB
programming.
The pH value was experimentally measured by pH meter,
the Ca2+ concentration was experimentally measured by ICPOES, and the bubble length was measured from video
recording, so these three parameters are compared to the
modelled values. The outlet pressure modelled is also
compared to the atmospheric pressure. The modelling is then
repeated using slightly different values of initial pressure and
overall mass transfer coefficient, and this iteration has
continued until satisfactory matching of modelled and
experimental data (±0.1% to ±10%) was achieved.
The main reactor tubing is made of stainless steel to avoid
high pressure drop caused by precipitates attached to the
internal wall of the tubing. To observe the initial bubble size and
the outlet bubble size, a transparent silicone tubing is used to
assemble the T-junction where the two phases meet, as is
shown in Video 1 in the Supplementary Material. In this video,
the flow rate ratio (L/G) was 40/40, thus the length of liquid slug
(6cm) is identical to the gas bubble at the inlet. At the reactor
outlet, there is a short section of silicone tubing to investigate
the length of the exiting bubble, as shown in Video 2 for the
same flow conditions as Video 1.
In the Supplementary Material, we discuss in detail how the
pressure drop (Section S1) and mass transfer of CO2 absorption
reaction (Section S2) in tubular reactor were set up in the
model.
In terms of modelling chemical reactions in the tubular
reactor, when CO2 is absorbed into the liquid phase, it dissolves
in the liquid and is partially consumed by chemical reaction;
thus the concentration of dissolved but unreacted CO 2 in the
bulk liquid decreases (versus the value determined at each time
step by the equations in Section S2). Since the driving force for
mass transfer is the difference between the CO2 pressure in the
gas phase and the CO2 concentration-equivalent pressure in the
liquid phase, chemical reaction leads to a higher driving force
for mass transfer compared to a non-reacting system. This was
experimentally verified in the tubular reactor by comparing gas
bubble size at outlet between more reacting (i.e. with more
calcium and/or MEA) and less reacting (i.e. with less calcium
and/or MEA) fluids. The main reactions occurring in the MEACO2-CaCl2 aqueous solution can be written as follows:38
Hydration of carbon dioxide and first dissociation:
H2 O + CO2(aq) ↔ H + + HCO3−

This journal is © The Royal Society of Chemistry 2019

This reaction represents the hydration of unreacted CO2
(CO2(aq)) and the subsequent dissociation of carbonic acid, which
follows a two-step mechanism. CO2 reaction with H2O to form
carbonic acid is the slower reaction, while carbonic acid
dissociation to bicarbonate, by donating a proton to water, is
the faster reaction; but in this model the CO2 absorption is
assumed to be rate determining, thus both of these reactions
are assumed to reach equilibrium with each time step.
Additional reactions modelled are:
Dissociation of bicarbonate ion: HCO3− ↔ H + + CO2−
(2)
3
Water dissociation: H2 O ↔ H + + OH −

(3)

First calcium speciation reaction: CaOH + ↔ Ca2+ + OH − (4)
Second calcium speciation reaction:
CaHCO3+ ↔ Ca2+ HCO3−

(5)

Carbamate/bicarbonate/amine conversion reaction:
RNHCOO− + H2 O ↔ RNH2 + HCO3−

(6)

Amine protonation reaction:
RNH3+ + OH − ↔ RNH2 + H2 O

(7)

Carbonate precipitation: Ca2+ + CO2−
↔ CaCO3 (s)
3

(8)

Table S1 in the Supplementary Material shows the
equilibrium constants obtained from literature for each of the
aforementioned reactions, and K is the equilibrium constant in
different reaction, and ɣ the activity coefficient of monovalent
(ɣ1) and divalent ions (ɣ2). The species HCO3-, CO32-, RNHCOOCaHCO3+ and CaCO3(s) are obtained from chemical reaction with
dissolved CO2. The starting unreacted CO2 concentration for the
next time step is then determined by deducting these species
from the initial dissolved CO2 concentration calculated in
Section S2 for the present time step, thus the driving force for
CO2 absorption will be increased compared to the non-reacting
system.
The corresponding chemical equilibrium constant of each
equation is corrected to account for activity coefficients not
equal to unity. The activity coefficients used in this work are
based on the Davies model 39, and accounts for the high ionic
strength of the solutions,40 according to:
log(γzi ) = −A × 𝑍𝑖2 (

√I
)
1+ √I

− 0.3I

(9)

where A is Debye–Hückel constant, and Zi is the valence number
of the ion, and ionic strength I is described as:
I = 2[Ca2+ ] + 1⁄2 [RNH3+ ] + 1⁄2 [CaOH + ] + 1⁄2 [H + ] +
1⁄2 [CaHCO3+ ] + 1⁄2 [RNHCOO− ] + 1⁄2 [HCO3− ] +
−
−
2[CO2−
(10)
3 ] + 1⁄2 [OH ] + 1⁄2 [Cl ]
In addition to the set of equilibrium equations, mass balance
and charge balance equations are needed to solve all species
concentrations. Mass balance is performed on carbon dioxide
species and amine species. These balances are performed using
the following equations:
Amine mass balance:
[MEA] 𝑇𝑂𝑇 = [RNH2 ] + [RNH3+ ] + [RNHCOO− ]
(11)

(1)
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Carbon dioxide mass balance: [CO2 ] 𝑇𝑂𝑇 = [HCO3− ] + [CO2−
3 ]+
[RNHCOO− ] + [CaHCO3+ ] + [CaCO3 (s) ] + [CO2(aq) ]
(12)
Charge balance: 2[Ca2+ ] + [RNH3+ ] + [CaOH + ] + [H + ] +
−
[CaHCO3+ ] = [RNHCOO− ] + [HCO3− ] + 2[CO2−
3 ] + [OH ] +
−
[Cl ]
(13)
The model was run with various MEA concentrations. Fig. 4
shows speciation plots for the experimental conditions at 40 oC
with L/G flowrate ratio of 40/80, 0.020 M CaCl 2, and 0.1-0.5
vol.% MEA solution. The concentrations of all species are
plotted against the length of reactor.
In Fig. 4a, which shows the pH change, bubble size and Ca 2+
concentration curves as a function of reactor length, the

process can be divided into two stages. In the earlier
precipitation stage, the Ca2+ concentration steeply decreased,
and at the same time pH also decreased, both of which can be
attributed to the dissolution and subsequent hydration of CO 2,
which consumes OH-, and the CaCO3 precipitation. In the
redissolution stage, the calcium carbonate concentration
gradually decreased, releasing back Ca2+ ions, since the pH value
decline beyond the point that leads to partial dissolution of the
CaCO3 particles, and this can be confirmed from the HCO 3concentration profile in Fig. 5.

Fig. 4 Model results of bubble size, pH value and Ca2+ concentration changes with various MEA concentrations: (a) 0.1 vol.% MEA (b) 0.3 vol.% MEA (c) 0.5 vol.%
MEA. (the green symbol refers to the 2-meter (optimal reactor length) experimental result and validation of the model prediction for 2-meter reactor length)
Table 2 Experimental and model data comparison of final bubble size, outlet pH, Ca 2+ concentration, and pressure as a function of MEA concentration.

0.1 vol.% MEA

0.3 vol.% MEA

0.5 vol.% MEA

8 | J. Name., 2012, 00, 1-3

Final bubble size (m)

Experiment

Model

% Difference

7.00E-02

6.89E-02

1.57%

Outlet pH

6.26

6.34

1.28%

Outlet Ca2+ conc. (mol/L)

9.60E-03

1.04E-02

8.33%

Outlet Pressure (kPa)

101.325

101.304

0.02%

Final bubble size (m)

4.00E-02

4.03E-02

0.75%

Outlet pH

6.28

6.32

0.64%

Outlet Ca2+ conc. (mol/L)

4.00E-03

3.80E-03

5.0%

Outlet Pressure (kPa)

101.325

101.404

0.078%

Final bubble size (m)

4.26E-03

4.64E-03

8.92%

Outlet pH

6.61

6.62

0.15%

Outlet Ca2+ conc. (mol/L)

8.00E-04

8.29E-04

3.62%

Outlet Pressure (kPa)

101.325

101.535

0.2%
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Fig. 5 (a) and (b) Species concentration in liquid phase as a function of tubular reactor length; (c) Driving force change along with the reactor
length. (0.5% MEA, 50oC, L/G=40/80)

In Fig. 4b and 4c, the calcium concentration reaches a
plateau, and remains stable close to zero for much of the
remaining reactor length, and this is due to the sufficient pH
buffering effect of the higher MEA concentrations used. Closer
to the reactor outlet, some CaCO3 still dissolved back to the
solution, as a result on the continued dissolution of CO2 into the
liquid phase, despite absence of calcium ions, resulting in the
pH value eventually dropping below the stability limit of calcium
carbonate. The CO2 dissolution is verified by the ever decreasing
bubble length in all cases. The bubble size at the reactor outlet
decreased with the increasing MEA concentration, which
confirms that MEA aids in CO2 dissolution. The results from
experiments and the model are almost identical, and slight
errors seen in the comparisons shown in Table 2 can be
acceptable due to the measurement inaccuracy or model
simplifications. The right column indicates the differences
between the experiments and the model with different
parameters, including final bubble size, outlet pH, outlet Ca2+
concentration, and outlet pressure. The experimental
conditions for Table 2 were 40oC with L/G flowrate ratio of
40/80, 0.020 M CaCl2, and 0.1-0.5 vol.% MEA solution. The
measured pH values have uncertainty of +/- 0.02 units, which is
equivalent approximately to +/- 4.6% [H+] at the median pH
value here reported.41
Fig. 5a and 5b shows all the species concentration varying
with the reaction length, when MEA is 0.5 vol.%, temperature is
50°C, and L/G flowrate ratio is 40/80. The figure shows opposite
trends of concentrations of MEA (RNH 2) and protonated MEA
(RNH3+), since MEA reacts with water. The carbamate
concentration rises and later drops, but at all times remains
much lower than that of the other two amine species. This may
seem like an inefficient use of amine, but it is important to note

This journal is © The Royal Society of Chemistry 2019

that protonation reaction produces hydroxyl groups, which are
vital for buffering the reaction and permitting extensive
carbonate formation. The concentrations of CaOH+, CaHCO3+,
and CO2(aq) (which is essentially H2CO3) are very low compared
to the other species, therefore, they are plotted in log scale. The
incline of the concentration of HCO3- was sharply up, but only
after CaCO3 reached a maximum value, signifying that
carbonate anion consumption by the carbonate precipitation
reaction is balanced by carbonate formation from the
dissociation of bicarbonate anion. The carbonic acid
concentration eventually rises, once the system is saturated
with carbonates and nearly saturated with bicarbonates, and
once no free amine is available to react with CO 2. Fig. 5c shows
the driving force in the system, which agrees with this trend. It
declined gradually for most of the reactor length, and then
dropped sharply once dissolved unreacted CO 2 concentration
started to build-up. The sharp drop in the very beginning is due
to the initial contact of the liquid and gas phases, as the liquid is
modelled to initially not contain any CO2 species.
Fig. 6 illustrates the relationship between overall mass
transfer coefficients, gas flow rate and MEA concentration. In
the 0.1 vol.% MEA solution, the K values are linearly correlated
with the gas flow rate (Fig. 6a), whereby the higher flow rate of
the gas lead to improved mass transfer. Given that the liquid
flowrate was kept constant in this comparison, it can be said
that a higher gas-to-liquid ratio produces longer bubbles, which
have greater surface area, aiding in the mass transfer. Also, high
total flow rate with higher gas flow rate and constant liquid flow
rate leads to higher two-phase flow velocity, which in turn leads
to greater recirculation within the gas bubbles and liquid plugs
according to Taylor Flow regime, thus also aiding in mass
transfer by reducing boundary layers across the interface. The
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Fig. 6 The relation between overall mass transfer coefficient and (a) gas flow rates and (b) MEA concentrations.

MEA concentration increase also resulted in a higher overall
mass transfer coefficient. Here, the effect is likely due to
insufficient correction of the Henry’s Law constant for the
presence of MEA, as it is not expected that MEA will result in
physical effects that improve mass transfer, so a chemical effect
that is not captured in the Henry’s Law constant correction is
likely the cause.
With the benefit of the model, we can predict the species
changing in the tubular reactor and then can design the reactor
length to be only long enough to maximize carbonate formation
and thus CO2 sequestration. For example, the CaCO3
concentration reached a maximum stable value around 2
meters in Fig. 5a, which means that the extra reactor length was
not necessary in this case. In order to validate our model, we
rebuilt 2-meter reactor to check the results as shown as green
symbol in Fig. 4(c), and the result is close to the model
prediction. Such optimization, which is made possible by having
a model that shows speciation as a function of tubing length,
will contribute to cost reduction and reactor compactness in
large-scale design.

4. Conclusions
This research demonstrated CO2 mineralisation process in
continuous tubular reactor from the perspective of
experimental and model phase. The carbonates can be
produced under mild operational process. This paper focused
on CO2 sequestration with low concentration MEA solution to
reduce the material cost. The calcium conversion efficiency can
reach nearly 100% with very low MEA concentrations 0.1vol.%
and low CO2 flowrate which was found to be most atom
efficient to utilise the brine source. CCE can also be increased
with higher CO2 flowrates to reduce the residence time.
However, higher MEA concentrations can cause lower CCE
values due to solvation effect. The catalysts 30 mg·L-1 NiNPs can
accelerate the carbonation reaction up to around 10% at
optimal experimental conditions. The morphologies of
precipitates can be varied under different reaction
temperatures and lower temperature favoured purer spherical
vaterite, while partially carbonates transferred to aragonite

10 | J. Name., 2012, 00, 1-3

under higher temperature. The effects of MgCl2 and NaCl on CEE
were also tested, indicating that Mg2+ competed for carbonate
ions and CCE was slightly influenced in the presence of NaCl due
to higher ionic strength.
The model explored the mass transfer of CO2 across the gasliquid interface in a Taylor flow reactor which can predict the
speciation, bubble size and other parameters adjustments
during the reaction in the tubular reaction and can be applied
in large-scale design. The overall mass transfer coefficients were
obtained with various CO2 flowrates and MEA concentrations.
Modelled results showed that bubble length decreased with
higher MEA concentration due to the rapid chemical reaction.
The overall mass transfer coefficients increased with higher CO2
flowrates. Modelled data are also in agreement with the
experimental data. With the benefit of model, the ionised
species distribution in carbonation process can be predictable
and be capable to achieve the optimal process conditions.
This study showed the technical feasibility of the
mineralisation process with alkaline brines in continuous
tubular reactor. This method of carbonation with MEA solution
can provide an option of amine regeneration with less energy
when compared with the conventional MEA regeneration. The
real brine components and flue gas components should be
studied in near future research. And the pilot plant should be
developed to study the large scale production. In terms of largescale process, NiNPs can be immobilised on the supporter to
recycled usage. In addition, the value-added carbonates
produced from this process is pure CaCO3 which can be a
commercial product which can off-set the operational costs.
Moreover, more experimental investigations of thermodynamic
parameters should be introduced to improve accuracy of the
model.

5. Experimental section
Calcium chloride dihydrate (CaCl2·2H2O, ≥99%) was purchased
from Sigma-Aldrich (UK), and monoethanolamine (liquid, 99%)
was obtained from ACROS Organics (UK); all chemicals were
used as received. The nickel nanoparticles were purchased from
Nano Technologies (South Korea). Deionised water (resistivity

This journal is © The Royal Society of Chemistry 2019
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Fig. 7 The diagram of continuous tubular reactor apparatus.

over 18 MΩ·cm) was used to prepare solutions. Carbon dioxide
(> 99.8%, industrial grade) was purchased from The BOC
Company (UK). The simulated brine was produced to have
identical calcium, magnesium, sodium and chloride
composition as the desalination brine obtained and
characterized from Kuwait, which originates from Arabian Gulf
seawater desalination, and concentration of ionic components
have been reported in our previous paper.14 For the purpose of
CO2 mineralization by calcium carbonate precipitation, the
prepared brine had CaCl2 concentration of 0.020M.
The schematic apparatus of the reactor set-up is shown in
Fig. 7. The tubular reactor consists of a helically coiled metallic
tube immersed within a temperature-controlled bath; the
stainless-steel reactor length is 6 m, followed by 1 m additional
length of transparent tubing that was used for observing and
recording the bubble frequency and bubble size, which are used
in the model calibration. Internal diameter of both tubes was
5.0 mm.
Two lines feed the reactor and are mixed in a T-junction.
One line is for gas CO2 coming from a compressed gas cylinder,
with inlet pressure controlled by a regulator (set for all runs at
1.5 bar absolute) and volumetric flowrate controlled by a
needle valve. The second line is for the brine, pumped by a
peristaltic pump from a feed tank, wherein brine, chemical
additives and NiNPs catalyst are gently mechanically agitated
(to avoid nanoparticle sedimentation). The flow rate of liquid at
each pump setting was calibrated by gravimetrically measuring
the exiting flow rate of liquid collected in an impinger trap. The
flow rate of gas was set at the beginning of each experiment
before commencing liquid flow, by using a soap bubble meter
connected to the outlet stream. The experimental conditions
are presented together with the results in Section 2, and the
modelling procedure is presented in detail in Section 3.
The precipitated particles at the outlet of the reactor were
filtered using 0.20 μm nylon syringe filter, then washed with DI
water and dried at room temperature. Elemental concentration
([Ca(aq)]) in the recovered liquid was quantified by inductively
coupled plasma optical emission spectrometry (ICP-OES,

This journal is © The Royal Society of Chemistry 2019

PerkinElmer Optima 8000); 0.2M nitric acid was used as diluent,
analyses were done in triplicates with mean averages used, and
the Relative Standard Deviation (%RSD) of each sample
triplicate ranged from 0.2% to 3.0%. Eq. (14) was utilised for
determination of calcite to the calcium conversion efficiency
(CCE) based on the ICP-OES results. The pH value of the exiting
slurry and its electrical conductivity were also measured using
Hanna HI 2550 meter equipped with probe HI1332 and probe
HI 78310, respectively; pH values and EC values were both
temperature corrected and these instruments were calibrated
prior to use daily with standard solutions.
CCE =

initial [Ca(aq)] − outlet [Ca(aq) ]
initial [Ca(aq)]

∗ 100%

(14)

Mineral phases of precipitated particles were identified
from X-ray diffraction (XRD) patterns. XRD data was collected by
Rigaku MiniFlex 600 with Cu radiation at scanning speed of
1.3°/min and step width of 0.02°. The morphology of
precipitated particles was observed by a scanning electron
microscopy (SEM) with Hitachi Tabletop Microscope TM3000,
using 15kV and charge-up reduction mode.
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Supplementary Information
The following sections provide further details on the modelling approach and the model
calibration, present the modelling results, and discuss insights gained from the modelling that can be
linked back to the experiments conducted. It is also discussed how the model can be used for further
reactor optimization and reactor scale-up, and the possible impacts and improvements of the model
assumptions.

S1. Pressure drop in tubular reactor
The viscosity and density of the liquid and gas phases are obtained from literature for different
reaction temperatures.1 With these properties, the Reynolds number (Re=ρUd/µ) and Dean number
(De=Re(d/D)1/2) can be calculated, and used in the determination of the two-phase pressure drop of
reactor. The tube diameter is d, and the curvature diameter of the helically coiled tube is D. The helical
tubular reactor pressure drop is assumed to results from frictional resistance, and thus the two-phase
pressure drop for the Taylor slug flow regime can be obtained by the Lockhart-Martinelli method. 2 The
pressure drop multipliers, φG and φL representing two phase frictional multiplier for gas alone and flow
two phase frictional multiplier for liquid alone flow, and the Lockhart-Martinelli parameter, χ, are defined
with the following formulas:
φ2G =

(dp⁄dz)TP

φ2L =

(dp⁄dz)TP

χ2 =

(E1)

(dp⁄dz)G

(E2)

(dp⁄dz)L
(dp⁄dz)L

(E3)

(dp⁄dz)G

The two phase pressure gradient is (dp/dz)TP. The single phase pressure gradients above from
the gas side as (dp/dz)G and from the liquid side (dp/dz)L, which are determined assuming that each
phase flows in the helicoid tubing alone (i.e. using the superficial velocity of each phase), are
determined using the following equations:
(𝑑𝑝 ⁄ 𝑑𝑧)𝐺 =

2
2ʄ𝐺𝜌 𝐺 𝑈𝐺

𝑑

(E4)

(𝑑𝑝 ⁄ 𝑑𝑧)𝐿 =

2ʄ𝐿𝜌 𝐿𝑈𝐿2

(E5)

𝑑

µ, ρ and U is the viscosity, the density and the superficial velocity of the fluid in the gas and
liquid phase, respectively. The friction factor (f) for laminar flow in a helicoid tubing is obtained using
the empirical correlation below:3
𝑚
𝑓
𝑓𝑠

= [(1 −

0.18
1⁄
35 2 2
[1+( ) ]
𝐷𝑒

𝑑
𝐷

) + (1.0 + ) (
3

1⁄
2

2
𝐷𝑒
88.33

)]

(E6)

In Eq. (E6): d is the tubing inner diameter and D is the coil diameter, fs=16/Re, which is the
friction factor for straight tube; when De<20, m=2; when 20<De<40, m=1, and for other De, m equals
0. In the present case, De is less than 20, so m used is 2. The overall speed of fluids is mild; therefore,
the centrifugal force was not taken into consideration in the model.
The two-phase frictional pressure drop (from Eq. (E1)) is used to calculate the pressure drop
at each time step interval of the model, when the modelled element consisting of a liquid plug and a
gas bubble travels a certain distance, depending on the total flow rate (i.e. the sum of liquid and gas
superficial flowrates). The total pressure drop across the reactor is then determined based on the
number of time steps needed for the liquid plug and gas bubble (if still present) to reach the reactor
outlet.
Fig. S1 shows the two-phase pressure drop along the length of reactor for three different gas
flow rates, at constant liquid flow rate of 40 mL/min. The outlet pressure is modelled as the atmospheric
pressure, since the reactor dispenses the flow to an open cup. The pressure decreases as the reactor
length increases, and the slight non-linearity is a result of the change in size of the gas bubble, which
occurs both due to mass transfer (i.e. a shrinking effect) and due to gas de-pressurization (i.e. an
expanding effect). Since these two effects have opposite outcomes on bubble size, and thus two-phase
flow velocity, the resulting pressure drop becomes somewhat linear. The total pressure drop, as
expected and experimentally observed, is greater with the higher gas flow rates, given the greater
friction experienced, especially by the liquid phase that is accelerated by the gas in the two-phase
region.

Fig. S1 Two-phase frictional pressure drop along with the reactor length with various gas flow rates, using 0.1 vol.%
MEA solution and 40 mL/min liquid flow rate, at 50°C and 0.020 M Ca concentration in brine.

S2. CO2 absorption in tubular reactor
To model the CO2 absorption process (i.e. mass transfer from gas phase to liquid phase), the
Two Film Theory based equations are applied.4 This film theory divides the liquid and gas phases into
two bulk sources/sinks, and a permeable interface. Several assumptions need to be complied: (i) the
liquid phase is well mixed (which is the case for liquid plugs moving in Taylor Flow regime), hence bulk
gradients are negligible; (ii) the reactions of CO2 in the liquid phase are fast, such that the liquid phase
can reach the equilibrium rapidly; (iii) the driving force is determined by the CO 2 pressure difference
between the gas and liquid phases (where the liquid phase concentration is converted into a pressure
equivalent); (iv) the resistance of the interface to mass transfer is represented by a single overall
resistance, meaning that boundary layers resistance, actual interface resistance, and any charge
resistance are coupled into a single resistance.
In the case of the absorption process (without chemical reaction), the mass flux can be expressed by:
∗
NCO2 = K(P[CO2]i − P[CO
)
2 ]i

(E7)

where K is the overall mass transfer coefficient; P[CO2]i represents the pressure of the gas within the gas
phase (i.e. bubble), and P*[CO2] is the pressure that is in equilibrium with the liquid phase concentration;
hence the difference between these two pressures is the driving force of CO 2 absorption.
The obtained flux (NCO2) is multiplied by the duration of the time step to determine the change
in concentration in the liquid phase during that time step, and subsequently, taking also into account
bubble size and pressure drop, the change in mass and volume of the gas bubble during that time step.
According to the Henry’s Law, the equilibrium pressure can be obtained by the equation:

∗
∗
⁄𝐻
𝑃𝐶𝑂
= 𝐶𝐶𝑂
2
2(𝐿)

(E8)

where H is Henry’s Law constant; and C*CO2(L) is the concentration of dissolved (and unreacted) CO2 in
the liquid phase.
Henry’s Law constant in the water can be calculated from the below equation; 5 T⊝ is 298.15K and all
other parameters are obtained from the reference,5 △solH is the enthalpy of dissolution, thus the
Henry’s Law constant in water at 313.15K is 1.73E-04 mol/(m3.Pa).
−△solH

H(T) = H ⊝ × exp [

R

1

1

T

T⊝

( −

)]

(E9)

This constant is accurate under water condition, and our experiments occurred in the presence
of MEA solution, which means that in practice this pressure/concentration relationship requires a
constant of higher value than that in water, due to higher solubility of CO 2 in MEA solution. On the other
hand, aqueous MEA solution also influences the rates of absorption of CO 2 into solution, due to
reactivity of CO2 with MEA, increasing the mass transfer driving force. To account for these effects, a
Henry’s Law constant enhancement factor is introduced in the model, and the value is obtained from
the literature based on the experimental temperature.6 In our case, the enhancement factor is adjusted
to 2. Finally, these equations lead to determining the mass of dissolved CO 2 in the liquid plug (within
the reactor element being modelled), before any chemical reaction occurs, which is then taken into
account using equations in the next section.

S3. Chemical reactions in tubular reactor
Table S1. Chemical equilibrium constants used in the reaction model.
Activity
Species

Equilibrium constants

K value (313K)

corrections

References

K1 = [RNH3+ ][OH − ]⁄[RNH2 ]

3.41E-05

K1 ⁄γ12

8

K 2 = [HCO3− ][RNH2 ]⁄[RNHCOO− ]

6.47E-02

K2

7

HCO3-

K a = [H + ][HCO−
3 ]⁄[CO2(aq) ]

5.01E-07

K a ⁄γ12

9

CO32-

−
K b = [H + ][CO2−
3 ]⁄[HCO3 ]

6.00E-11

K b ⁄γ2

9

K 3 = [CaOH + ][Ca2+ ]⁄[OH − ]

9.10E-02

K 3 × γ2

10

CaHCO3+

K 4 = [CaHCO3+ ]⁄[Ca2+ ] [HCO3− ]

6.64E-02

K 4 × γ2

11

CaCO3(s)

K sp = [Ca2+ ][CO2−
3 ]

8.92E-09

K sp ⁄γ22

12

K w = [H+ ][OH− ]

2.86E-14

K w ⁄γ12

9

RNH3+
RNHCOO-

CaOH+

H+/OH-

Video 1. Gas and liquid mixed at T-junction with the flow ratio (L/G) at 40/40.

Video 2. The outlet bubble size in flow ratio (L/G) at 40/40.
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